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bstract

A mechanistic model for the operation of a tubular solid oxide fuel cell (SOFC) using synthesis gas as a fuel source has been successfully
eveloped and validated against experimental data reported in the literature. The model considers momentum-, mass-, energy- and charge-transport
quations coupled with electrochemical and water-gas shift reactions. This avoids the use of empirical correlations for estimating heat and mass

ransfer coefficients. The model is solved to predict SOFC performance and behavior by determining the distributions of current density, temperature
nd species concentrations throughout the cell. The developed model was used to predict the effect of the composition of biomass-derived synthesis
as fuels on cell performance and behavior.

2007 Elsevier B.V. All rights reserved.
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. Introduction

Heat engines that are widely employed to produce electricity
nd heat for homes and industries have relatively low energy
fficiency and emit large amounts of greenhouse gases. Tubular
olid oxide fuel cells (TSOFC) show great promise as poten-
ial candidates to replace conventional heat engines. TSOFCs
ave, indeed, higher energy efficiency and emit lower amounts
f greenhouse gases. Furthermore, they are designed for mid- to
arge-scale applications up to 2 MW [1], similar to the capacity
f heat engines. A major advantage of TSOFCs over other types
f fuel cells is that a variety of hydrocarbon-based gases or their
ynthesis derivatives, such as natural gas, biomass and coal can
otentially be used as fuel sources. CO present in the synthesis

as can be oxidized in TSOFCs to generate CO2 and electrical
nergy.

∗ Corresponding author. Tel.: +1 519 888 4567x36472; fax: +1 519 746 4979.
E-mail address: ecroiset@cape.uwaterloo.ca (E. Croiset).
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Recently, the use of biomass-derived synthesis gas as a fuel
as gained attention because it is abundant and renewable. Omo-
un et al. [2] performed a system analysis on a SOFC combined
ith biomass gasification. The biomass was gasified in air yield-

ng a syngas composition of 17% H2, 13% CO, 11% CO2, 4%
H4, 15% H2O and 40% N2. A simple SOFC model developed

n gPROMS accounted only for the electrochemical oxidation
f H2 and the consumption of CO via the water-gas shift (WGS)
eaction. In addition to presenting the overall model, the main
bjective of this paper was to compare cleanup of hot gas to
hat of cold gas. Panopoulos et al. [3] also carried out a system
nalysis of an SOFC integrated with a biomass steam gasifica-
ion process. The resulting humidified syngas had the following
omposition: 26.2% H2, 15.9% CO, 6.0% CO2, 2.6% CH4 and
9.1% H2O. The SOFC model was a simple equilibrium model
eveloped in AspenPlus. Cordiner et al. [4] simulated a biomass
asifier coupled with an SOFC. The gasification process was

onsidered to be at equilibrium whereas they developed a 3D
odel for a single planar SOFC. The composition of the syngas

eaving the gasifier and fed to the SOFC was 56% H2, 39% CO
nd 6% CO2. In their SOFC model, only the electrochemical

mailto:ecroiset@cape.uwaterloo.ca
dx.doi.org/10.1016/j.jpowsour.2006.12.096
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xidation of H2 was considered and CO was consumed only via
he WGS reaction. They determined that the whole system had
n efficiency close to 46%. Aloui and Halouani [5] developed an
sothermal 1D model for an SOFC fed by biomass syngas that
onsidered the electrochemical oxidation of both CO and H2.

somewhat surprising result of their analysis was that biomass
yngas (26% H2, 24% CO, balance mostly N2) yielded better
erformance than diluted humidified hydrogen (49% H2, 1.5%
2O, 46% N2, balance CO and CO2). It is difficult to assess this

esult more deeply especially since it was unclear whether the
ater-gas shift reaction was taken into account.
Van Herle et al. [6–8] investigated a slightly different system

rom the previously described works in that the fuel fed to the
OFC was a biogas reformate instead of biomass-gasified syn-
as. The composition of this reformate was 35.8% H2, 29.6%
O, 3.6% CO2, 0.2% CH4, 4.3% H2O and 26.5% N2. Van Herle
t al. developed a flowsheet for the entire system, including the
iogas reformer, where the SOFC was simulated using a sim-
lified isothermal model. Vasileiadis and Ziaka-Vasileiadou [9]
lso considered reforming of biogas prior to an SOFC. They
ocused more on the reformer and very little detail was given
egarding the SOFC. Very recently, a biogas reformer/SOFC
ystem was also investigated by Athanasioua et al. [10]. The
omposition of the biogas reformate fed to the SOFC was 19%
2, 11% CO, 5% CO2, 1% CH4, 23% H2O and 43% N2. Their
odel was equilibrium based with the assumption of 80% CO

tilization.
Although not involving model simulation, a noteworthy study

n the use of biomass syngas in SOFC was the work of Xie et
l. [11] who experimentally investigated the performance of a
i–Cu alloy-based anode for low temperature SOFCs. The fuel
sed was a syngas produced from rice husk gasification (23.5%
O, 14.3% CO2, 15.7% H2, 6.2% CH4 and 40.3% N2). Their
ain conclusion was that the Ni–Cu alloy system was more

table than the Ni one because of significant reduction in car-
on deposition due to the replacement of Ni by Cu. Baron et
l. [12] also studied experimentally the effect of various simu-
ated biomass gas compositions on the cell performance at an
ntermediate temperature of 650 ◦C. They found that the per-
ormance of the cell decreased at a CH4 content of 10%. They
lso observed that replacing H2 by CO had a negative impact
n the cell performance, which they attributed mostly to dif-
erences in mass-transport properties between CO and H2. This
atter conclusion was also reached by Suwanwarangkul et al.
13] for higher temperature cells. Aravind et al. [14] also con-
ucted experiments on the cell performance using Ni/GDC and
DC anodes for different types of biosyngas (air-blown, oxygen-
lown and steam gasification) at operating temperatures between
50 and 1000 ◦C. For the syngas compositions they considered,
hey observed no significant carbon deposition, as expected from
–H–O ternary diagrams. Interestingly, they also performed
xperiments where 9 ppm H2S was added to the simulated biogas
but only with the Ni/GDC anode) and observed no deleterious

ffects. One should note, however, that 9 ppm H2S is below the
evel that would be expected in biosyngas (50–200 ppm [14]).
everal studies on the direct use of biogas in SOFC have also
een reported [15,16].
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As just described, only a limited amount of research has been
one to study the use of biomass-derived synthesis gas as a fuel
ource. Furthermore, the studies to date have focused mostly
n system analysis and anode material development. No work
as been found on the application of a mechanistic model to
n actual tubular cell operating with a biomass-derived syngas.
ince the composition of synthesis gas can vary widely depend-

ng on the biomass type and gasification process [17], there is an
mportant need to develop mathematical models to predict the
ffect of fuel composition and other operating conditions on cell
erformance indicators such as power output, efficiency and out-
et gas temperature and composition. In addition, such models
an be used to study the complex interactions between physical
henomena and reaction processes (chemical/electrochemical)
hat take place in a TSOFC and are critical to optimize the cell
erformance and to help in designing the cell.

TSOFC models that have been recently developed have been
eviewed by Suwanwarangkul [18]. The TSOFC models have so
ar focused almost exclusively on the use of H2 [19,20], methane
21,22], and natural gas and pre-reformed natural gas [23–26].
ne exception is a study on pre-reformed jet fuel in TSOFC [27].

n all the above models for TSOFC, the equilibrium of the WGS
eaction was assumed. Also, with the exception of the work of
guiar et al. [22], consumption of CO via the WGS reaction
as considered, but not its electrochemical oxidation. On the
ther hand, Li and Chyu [25] showed that the Nernst potentials
or CO and H2 electrochemical oxidation are the same as long
s the WGS equilibrium is assumed. They concluded that it is
ufficient to consider H2 oxidation to be the only anodic reaction
f it is coupled to the consumption of CO via the WGS reaction
t pseudo-equilibrium. Although it is generally accepted that
he WGS reaction is fast and quickly reaches equilibrium at the
emperatures encountered in an SOFC, this has not been firmly
emonstrated and it is not clear yet whether this assumption
ould still be valid when a syngas containing a high concen-

ration of CO is fed to the cell. One of the objectives of the
resent study is to test this assumption. Consequently, we make
o assumption regarding the equilibrium of the WGS reaction in
he model to be considered and so also explicitly include the elec-
rochemical oxidation of CO. The main difference between our

odel and the TSOFC models described above is that the WGS
eaction is not assumed to be at equilibrium a priori and there-
ore the inclusion of CO electrochemical oxidation is necessary
n our model. Since biogas is composed essentially of CO2 and
H4, dry and steam reforming of methane would also become
ajor reactions occurring in the SOFC. However, we do not con-

ider methane reforming in the model to be presented and thus
he results will be most relevant to the use of biomass-derived
yngas.

In the present work, a comprehensive mathematical model
f a TSOFC presented in detail in earlier publications [13,19]
as used to simulate a TSOFC operating with biomass-derived

yngas. The model aims at predicting such quantities as the cur-

ent density and temperature distributions throughout the cell
or different compositions of the fuel gas. Fuel gases consid-
red in the model are humidified hydrogen and synthesis gas
mixtures of H2, H2O, CO, CO2 and N2) while the oxidant
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s air. The model domains include the air channel, fuel chan-
el, electrochemical cell and the air-preheating tube. The model
s composed of momentum-, heat-, mass- and charge-transport
quations coupled with the electrochemical and water-gas shift
eactions. Consequently, the use of empirical correlations for
eat and mass transfer is avoided. Radiative heat transfer is also
ncorporated into the model to account for heat transfer from the
ell to the air-preheating tube. The model is validated against
xperimental data for an operating TSOFC reported in the liter-
ture. Once validated, the model is used to explore the effect of
uel gas composition on cell performance and the implications
or successful fuel cell operation.

. Mathematical modelling

.1. Model setup and assumptions

Since the details of the model used in this paper were pre-
ented previously [13,19], only its main features are reported
ere, as well as some equations specific to syngas operation in

TSOFC not reported previously.

The geometry of a TSOFC within a stack is similar to that
resented by Suwanwarangkul et al. [19] and is shown in Fig. 1.
ue to symmetry of the cell geometry, only the half portion on

m
c
r

C

Fig. 1. Schematic diagram of a TSOFC: (a) longitudi
wer Sources 166 (2007) 386–399

ne side of the central axis has to be considered in the model
Fig. 2).

Regarding TSOFC operation, air, already at approximately
00 ◦C before entering the cell, is further heated as it passes
hrough an air-preheating tube located in the center of the tubular
ell. The heat source for air preheating comes from the exother-
ic electrochemical cell reactions. Once the air reaches the

losed end of the tube, it enters the annular air channel between
he outer side of the air-preheating tube and the inner side of
he cathode and begins to flow in the reverse direction. Oxygen
iffuses through the thick porous cathode and reaches the active
ites at the cathode/electrolyte interface where the following
eduction reaction takes place to produce O2−:

2 + 4e− → 2O2− (1)

The O2− ions are conducted through the electrolyte from the
athode to active anode sites at the anode/electrolyte interface.
imultaneously, the synthesis gas is supplied from the outside
f the cell along the cell length. Since nickel used in the anode
s a good catalyst for the water-gas shift (WGS) and carbon for-
ation reactions (e.g. Boudouard reaction), H2, and eventually
arbon, are produced on the anode surface via the following
eactions:

O + H2O � CO2 + H2 (WGS) (2)

nal and (b) cross-sectional sections of the cell.
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Fig. 2. TSOFC geometry considered in the model showing the half portio

CO � C + CO2 (Boudouard) (3)

Thereafter, H2 and CO in the synthesis gas diffuse through the
hin porous anode and electrochemically react with O2− at the
node active sites to produce H2O and CO2 which diffuse back
nto the fuel stream and are removed together with the unreacted
uel. The oxidation reactions occurring in SOFCs are as follows

2 + O2− → H2O + 2e− (4)

O + O2− → CO2 + 2e− (5)

The objective of the model is to determine the distributions
f velocity, temperature, species concentrations, current density
nd ionic potential in the flow passages and/or cell structure
ithin the longitudinal section of the cell (Fig. 2a). Therefore,

he momentum-, heat-, mass- and charge-transport equations
oupled with electrochemical and chemical reactions are gov-

rned by this geometry. The ohmic overpotentials due to current
ows along the peripheral paths within the anode and the cathode
re estimated using the equivalent circuit shown in Fig. 2b for the
lectrical resistance within the cross-sectional area of the cell. As

•

(a) longitudinal and (b) cross-sectional sections of the cell. Not to scale.

reviously presented by Suwanwarangkul et al. [19], this anal-
sis allows the ohmic overpotentials in the cathode (ηOhm,Cat)
nd in the anode (ηOhm,An) to be determined as a function of the
urrent density Jtot generated within the cell. These relationships
ere shown to be largely independent of temperature under typ-

cal operating conditions since the electrode resistance does not
ary much over the range 800 to 1200 ◦C.

The ohmic overpotentials were estimated to be [19]:

Ohm,Cat = 1.2 × 10−5Javg (6)

Ohm,An = 3.9 × 10−6Javg (7)

Model assumptions simplify the complexity of the system
hile still maintaining features required to accurately describe

he operation of a TSOFC. They are listed as follows:

The model is based on steady-state, non-isothermal operation

using synthesis gas as the fuel source (mixtures of H2, CO,
CO2, H2O and N2).
The fuel cell operates with 100% current efficiency, i.e. no
reactant gas crossover or side reactions occur.
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interface, i.e. (LAPT < z < L, r = rC). The boundary conditions
used at these interfaces to solve the mass-, energy- and charge-
transport equations are summarized in Table 1. Qelectrochem and
QWGSR denote the heat generation due to the electrochemical

Table 1
Boundary conditions at the fuel channel/electrolyte (FC/E) and cath-
ode/electrolyte (C/E) interfaces used to solve the mass-, energy- and charge-
transport equations

Transport
equation

Boundary conditions at the
electrode/electrolyte interfaces

FC/E (LAPT < z < L, r = rE) C/E (LAPT < z < L, r = rC)

Species n · �NH2 = −JH2 /2F + RWGR n · �mO2 = −MO2 JO2 /4F

n · �NCO = −JCO/2F − RWGR
90 R. Suwanwarangkul et al. / Journa

Ideal gas law is assumed for all species components.
Gas flow in the air channel is laminar.
Plug-flow conditions are assumed in the fuel channel. There-
fore, the gas temperature and species concentrations change
only in the z-direction.
The gas velocity is assumed to be uniform throughout the fuel
channel and consequently the momentum equation was not
considered for the fuel channel.
Radiative heat transfer occurs only between the air-preheating
tube and cell structure.
Heat- and mass-transport limitations at the anode are
neglected because of the thin anode layer. For further sim-
plification, it was assumed that the anode has zero thickness.
Heat transport within the porous cathode occurs only by con-
duction.
No carbon formation reaction takes place at the anode.

The assumption concerning uniform gas velocity along the
uel channel is justified as follows. The variation in gas velocity
long the fuel channel is due primarily to changes in temperature
nd gas composition. For a fuel inlet temperature of 800 ◦C, a
emperature increase through the fuel channel of 200 ◦C (typical
f the maximum temperature increase found for biomass syngas
peration, as shown later) decreases the gas density by 19% and
herefore only moderately increases the gas velocity. In addition,
his change in gas velocity due to temperature increase is coun-
erbalanced by the formation of heavier molecules through the
eactions of H2 to H2O and CO to CO2. The conversion of CO to
O2 will only have a modest effect on the gas velocity since the
olecular weight of CO2 is only 1.57 times that of CO. The con-

ersion of H2 to H2O, on the other hand, has a more pronounced
mpact on the gas velocity due to the much larger difference in

olecular weight between H2 and H2O. In the case of a syn-
as where the concentration of H2 is not too high (15–40%),
e conducted detailed simulations that included the momentum
alance in the fuel channel and obtained only small differences
rom the situation where uniform gas velocity was assumed.
nclusion of the momentum balance for the H2/CO/H2O/CO2
ixture greatly increased the computation time without a sig-

ificant difference in results. Consequently, we chose to assume
niform gas velocity in the fuel channel.

The model considers the electrochemical oxidation of both
O and H2. It also takes into account the water-gas shift reac-

ion, but without assuming that it is at equilibrium. As noted
reviously, the model does not include methane reforming since
t is assumed here that the mixture fed to the SOFC contains little
r no methane. Most governing equations have been reported in
ur previous studies [13,19], except for the fuel channel where
he steady-state material balance for each species is

∂(civf)

∂z
+ 1

r

∂(rciuf)

∂r
= ∂

∂z

(
Di-M

∂ci

∂z

)
+ 1

r

∂

∂r

(
rDi-M

∂ci

∂r

)

(8)
here ci is the molar concentration of a fuel gas species (i = H2,
2O and CO), Di-M the binary diffusion coefficient of ith species

n the mixture and uf, vf are the fuel velocities. cCO2 can be

E

C

wer Sources 166 (2007) 386–399

etermined by

CO2 = ctot,f − cH2 − cCO − cCO2 − cN2

here ctot is the total concentration.
The momentum-, mass- and energy-transport equations are

olved simultaneously within the air-preheating tube, air channel
nd porous cathode to determine the concentration, velocity and
emperature profiles. The mass transport of O2 inside the thick
orous cathode is determined using the dusty-gas model since it
as been shown to accurately predict the concentration overpo-
ential in comparison to the Fick and Stefan–Maxwell models
28]. The charge-transport equation is employed to determine the

2− distribution within the electrolyte and to estimate the ohmic
verpotential in the electrolyte. In the fuel channel, momentum
ransport is neglected as discussed previously. Accordingly, this
eads to the conditions vf = vf,in, uf = 0 and pf = pf,in where vf,
f and pf denote the fuel velocity in the axial direction, fuel
elocity in the radial direction and fuel pressure, respectively.

.2. Boundary conditions

The boundary regions used to solve the governing equations
re based on Fig. 2a. The species concentrations and temper-
tures are prescribed at the gas inlet regions (i.e. z = LAPT,
E < r < rFC for the fuel, and z = L, 0 < r < rAPT for air). The
ir velocity is specified at the inlet of the air-preheating tube.
t the gas outlet regions (i.e. z = L, rE < r < rAC and z = L,

APTW < r < rFC), only the outlet air pressure is specified (i.e.
a = 1.1035 × l05 Pa); the gradients or fluxes of all other vari-
bles in the flow direction are zeros (i.e. ∂ua/∂z = 0, ∂va/∂z,
Ta,f/∂z = 0 and ∂ca,f/∂z = 0). Along the symmetrical z-axis of
he air-preheating tube and fuel channel, the fluxes or gradi-
nts normal to the boundary regions are zero, i.e. ∂Ta,f/∂r = 0,
cO2/∂r = 0 and ∂va/∂r = 0 and ua = 0. At the closed end,
a = 0, va = 0, T = Tf,in and ∇cO2 (r, z) = 0.

At the fuel channel/electrolyte interface, i.e. (LAPT < z < L,
= rE), the electrochemical oxidation of H2 and CO are assumed

o take place because the anode thickness is neglected. Fur-
hermore, O2 reduction takes place at the cathode/electrolyte
n · �NH2O = JH2 /2F − RWGR

nergy n · �qCond = Qelectrochem + QWGSR n · �qCond,E = n · �qCond,Cat

harge n · �i = JH2 + JCO n · �i = −JO2
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nd water-gas shift reactions, respectively, while �Ni, �mO2 , �qCond
nd �i are the molar flux of a fuel gas species (i = H2, H2O and
O), mass flux of O2, conductive heat flux and charge flux,

espectively. Qelectrochem is calculated as the difference between
he total power generated by the electrochemical reactions and
he electrical power delivered by the cell, i.e.,

electrochem =
(−JH2

2F

)
�Hr×n,H2 +

(−JCO

2F

)
�Hr×n,CO

− (JH2 + JCO)(φCat − φAn) (9)

here �Hr×n,H2 and �Hr×n,CO are the enthalpies of
eaction for the overall electrochemical oxidation of H2
H2 + (1/2)O2 → H2O) and CO (CO + (1/2)O2 → CO2), respec-
ively. φAn and φCat are the electrode potentials at the anode and
athode interconnect plates, respectively.

QWGSR is estimated as

WGSR = RWGSR�Hr×n,WGSR (10)

here �Hr×n,WGSR is the enthalpy of reaction for the WGR
alculated as

Hr×n,WGSR = �Hf,H2 + �Hf,CO2 − �Hf,CO − �Hf,H2O

(11)

Due to the radiative heat exchange between the surface of
he cathode (LAPT < z < L, r = rAC) and that of the air-preheating
ube (LAPT < z < L, r = rAPTW), the following boundary condi-

ions apply: n · (λCat∇T ) = −σ0Fr(T 4|r=rAC − T 4|r=rAPTW ) at
APT < z < L and r = rAC and n · (λAPT∇T ) = σ0Fr(T 4|r=rAC −
4|r=rAPTW ) at LAPT < z < L, r = rAPTW, where Fr is the correction

actor for heat radiation [19,29].

Fig. 3. Numerical algorithm for solution of the model equations.
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.3. Numerical implementation

Fig. 3 depicts the numerical algorithm to determine the cell
erformance curve for given inlet gas and cell operating condi-
ions. φCat is set to zero while φAn is assigned to −Vcell. The
nite-element FEMLAB® software package, version 3.1 [30]
as used to solve the transport equations coupled with elec-

rochemical reactions and the WGSR subject to the specified
oundary conditions. The stationary nonlinear solver provided
n the package was chosen for this purpose. Since the equations
re highly nonlinear, it is very difficult to solve all governing
quations simultaneously in a single step and so a three-step
ethod was used. Once the model inputs including feed temper-

tures and pressures of fuel and air, species concentrations and
perating cell voltage were specified, an isothermal version of
he model including momentum, mass and charge transport was
rst solved. Afterwards, energy transport without radiation was

ncorporated into the existing model and re-run again using the
esults from the first step as initial guesses. Finally, the equation
or radiative heat exchange was added to the boundary condi-
ions as previously described and the results from the second run
ere used as initial guesses. We adopted a similar approach in
ur previous modelling study [19].

Once the current densities generated by H2 and CO oxidation
ollected along the length of the anode were obtained from the
odel, the average current density Javg was calculated according

o the following equation:

avg = 1

L − LAPT

∫ L

LAPT

(JH2 (rE, z) + JCO(rE, z)) dz (12)

avg was employed to estimate ηOhm,Cat and ηOhm,An
sing Eqs. (6) and (7). Then, φAn was replaced by
Ohm,Cat + ηOhm,An − Vcell and the SOFC model was re-run again
sing the new value of φAn before Javg and the cell voltage
cell = φCat − φAn were recalculated.

The FEMLAB software (v. 3.1), was run on a Pentium IV
.6 GHz computer. The time required for each simulation was
n the range of 25–50 min depending on the initial guesses for
he state variables.

. Results and discussion

.1. Model validation

This model for syngas operation has been validated in the case
f a button cell and the results are presented in a previous paper
13]. Experimental results and operating conditions reported in
he paper by Hirano et al. [31] were used to validate the tubular
OFC model. The cell dimensions and operating conditions are

isted in Table 2. The physical properties of cell components are
dopted from Ref. [18].

Since the information provided by Hirano et al. [31] was not

omplete, we could validate our model using only the reported
ell voltage, maximum cell temperature and outlet gas tempera-
ures obtained at an average current density of 0.185 A cm−2, as
ummarized in Table 3. Fuel and air flow rates were not reported
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Table 2
Cell dimensions and operating conditions of a tubular SOFC tested by Hirano
et al. [31]

Item Symbol Value

Cell dimensions
Component thickness (�m)

Air-preheating tube – 1000
Supporting tube – 1500
Cathode – 700
Electrolyte – 40
Anode – 100

Diameter (mm)
Inner side of the air-preheating tube – 6.00
Outer side of the air-preheating tube 2rAPT 7.00
Inner side of the supporting tube 2rAC 13.00
Outer side of the cathode 2rC 14.40
Outer side of the electrolyte 2rE 14.48
Outer diameter of the fuel channel 2rFC 16.61

Length (mm)
Air-preheating tube LAPT 290
Cell L 300

Operating conditions
Fuel inlet conditions

Pressure (atm) pf,in 1.0
Composition (mole fraction)

H2 yH2 0.557
H2O yH2O 0.277
CO yCO,in 0.108
CO2 yCO2 0.058

Temperature (◦C) Tf,in 800.0

Air inlet conditions
Pressure (atm) Pa,in 1.0
Composition (mole fraction)

O2 yO2,in 0.21
N2 yN2,in 0.79
Temperature (◦C) Ta,in 600.0

Other operating conditions
Fuel utilization factor Uf 0.80
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voltage, were also based on the work of Hagiwara et al. [32].
The operating cell voltage in this simulation was set at 0.7 V
which is a typical value for SOFC operation. Fuel and air flow
rates were computed to satisfy the specifications of fuel and air

Table 4
Operating conditions for the base case tubular SOFC model

Model inputs Value

Cell geometry Based on Hagiwara et al. [32]
Fuel inlet temperature (◦C) 870
Air inlet temperature (◦C) 600
Operating pressure (Pa) 1.0135 × 105
O2 utilization factor Ua 0.25
Average current density (A m−2) Javg 1850
n Hirano et al. and they were adjusted in the model to attain
f = 0.80 and Ua = 0.25 as given in Table 2.
From Table 3, the maximum deviation between experimental

nd model results is less than 5%. This demonstrates that the

able 3
omparison between model results and experimental data from Hirano et al.

31]

arameter Result Deviation
(%)

Experiment Model

ell voltage (V) 0.715 0.69 ∼3.5
aximum cell temperature
(◦C)

∼1000 1021 ∼2.1

aximum cell temperature
location (mm)

140 120

as outlet temperature (◦C) ∼860 840 ∼2.3
uel flow rate (kg h−1) – 0.0091 –
ir flow rate (kg h−1) – 0.081 –

F

F

o
[
t
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resent model should be accurate enough for use in studying the
ell behavior of a tubular SOFC operating with synthesis gas.

.2. Simulation results

This section aims at simulating the steady-state cell behavior
f a tubular SOFC operating with humidified H2 and a variety of
ynthesis gases as fuel. Particular focus is placed on the distribu-
ions of temperature, current density and species concentration
ithin the cell and/or flow passages. The results from our pre-
ious modelling study [19] of a cell operating with humidified
2 are also compared with those from the present analysis of
peration using synthesis gases.

.2.1. Base case input parameters
Table 4 lists the input parameter values for the base case used

n this study. The cell configuration was adopted from Hagiwara
t al. [32]. The gas feed compositions used in this study are given
n Table 4. F1 fuel is humidified H2 while F2, F3, F4 and F5 fuels
re examples of various synthesis gases. F3 and F4 fuels are typ-
cal of biomass-derived synthesis gases obtained from air and
xygen gasifiers, respectively [14,17]. Since the methane con-
ent of these biomass syngas fuels is only 1–2% [14], the effect
f methane steam reforming would be small. We, therefore, did
ot take CH4 into consideration in the compositions of F3 and
4 reported in Table 4. Other operating parameters, except cell
Air inlet composition (%) 21 O2/79 N2

Cell voltage (V) 0.7 V
Fuel utilization (%) 85
Air utilization (%) 16.7

uel inlet composition [14] (%)
F1 97 H2/3 H2O/0 CO/0 CO2/0 N2

F2 20 H2/3 H2O/0 CO/14 CO2/63 N2

F3a 20 H2/3 H2O/20 CO/14 CO2/43 N2

F4a 32 H2/3 H2O/45 CO/15 CO2/5 N2

F5 20 H2/3 H2O/20 CO/0 CO2/57 N2

uel flow rates (m3 h−1)
F1 0.187
F2 0.467
F3 0.285
F4 0.155
F5 0.373

a Fuels F3 and F4 represent biomass-derived synthesis gases for air- and
xygen-blown gasification, respectively. These compositions were adapted from
2,17] where the concentration of methane was low (at most 2%). Consequently,
he effect of methane was neglected in the present study.
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tilization. The air flow rates did not vary much, between 0.6
nd 0.8 m3 h−1; the fuel flow rates are shown in Table 4.

.2.2. Cell performance for various synthesis gas
ompositions

In this work, the performance of the solid oxide fuel cell is
valuated in terms of the power density and thermal efficiency.
he thermal efficiency is calculated by using the equation:

thermal = P

�Hfuel
× 100% (13)

here P and �Hfuel represent the electrical power generated
y SOFC and enthalpy or thermal energy supplied at the fuel
hannel inlet, respectively. For an SOFC, �Hfuel using H2 and
O as fuels is determined as

Hfuel = FCO LHVCO + FH2 LHVH2 (14)

here LHVCO and LHVH2 are lower heating values for com-
ustion of CO and H2, respectively. FCO and FH2 are the molar
ow rates of CO and H2 fed into an SOFC, respectively.

Table 5 summarizes the power density, thermal efficiency,
verage cell temperature and thermal energy supplied to the cell
f a cathode-supported tubular solid oxide fuel cell obtained
sing the different fuels. All reported values are for the same cell
ize, constant cell voltage and constant fuel and air utilization
actors, as indicated in Table 4. Note that the volumetric flow
ates and heating values of the fuels are given for a temperature
orresponding to the fuel inlet temperature (870 ◦C). The fuel
nd air flow rates have been adjusted so that the fuel and air
tilization factors remain at the values given in Table 4. This
llows the thermal energy supplied to the cell (�Hfuel) to be
alculated. As shown in Table 4, the fuel flow rate of the syngas
uels increases as the amount of H2 and CO in the fuel decreases;
he highest flow rate is required for F2 which contains only 20%

2, while the lowest flow rate applied is for F4 which contains
2% H2 and 45% CO. Fuels F3 and F5 are similar in terms of
2 and CO content, but part of N2 has been replaced by CO2

n F3. The higher amount of inert nitrogen in F5 leads to higher
ow rate requirement for F5 than for F3.

Table 5 shows that the power density increases as the energy
ontent in the fuel (�Hfuel) increases. The cell power density
sing humidified H2 (Fl) is about twice as high as that achieved

sing the synthesis gases while still maintaining higher thermal
fficiency. The higher �Hfuel and lower required flow rate of
umidified H2 fuel enables the cell to reach an average operating
emperature that is about 100 ◦C higher than in the other cases

able 5
ffect of synthesis gas compositions on tubular SOFC performance

uel Power density
(W m−2)

Thermal
efficiency (%)

Average cell
temperature (◦C)

�Hfuel

(J s−1)

1 2450 53.8 1040 133
2 1073 46.5 929 69
3 1203 39.9 940 90
4 1242 38.8 935 95
5 1433 36.3 933 117

t
t
a
t
w
f
a
o
g
r
o
d
f
c
t

wer Sources 166 (2007) 386–399 393

Table 5). The higher cell temperature lowers both the associated
verpotentials and internal cell resistances, thereby increasing
oth the power density and thermal efficiency. Note that the
verage temperature for all syngas fuels (F2 to F5) does not
ary much and remains between 930 and 940 ◦C.

Among the various synthesis gases, the lowest power density
s obtained from the F2 fuel because it contains a small amount
f H2 with only CO2 and N2 diluents. Another reason for the
ower power density of F2 is that some of the CO2 reacts with H2
o form H2O and CO via the reverse WGSR, which lowers the
eversible cell voltage. Replacement of some of the N2 in F2 by
O in making up F3 fuel (20% CO) increases the power density

rom 1073 to 1203 W m−2 because �Hfuel is higher for F3 than
or F2. In addition, the extent of the reverse gas shift reaction
s not as important in the case of F3 and so tends to increase
he reversible cell voltage compared to F2. F5 fuel yields the
ighest power density of the synthesis gases since it has the
ighest �Hfuel and initially contains no CO2. Comparison of
he results for F3 and F5 shows that the presence of CO2 has a
egative effect on the power density (1203 W m−2 for F3 and
433 W m−2 for F5). The presence of CO2 in the synthesis gas
ecreases the cell power density because it not only reduces
he reversible cell voltage but also the electrochemical reaction
ate due to its reaction with H2 to produce CO and H2O via the
everse WGSR. Fuel F4 contains the largest concentrations of
xidizable species among the syngas compositions (77% of F4
s H2 and CO). Thus, a smaller flow rate is required to achieve
5% fuel utilization, resulting in �Hfuel being slightly higher
han for F3, but lower than F5. The power density of F4 lies,
herefore, between that of F3 and F5.

In the present simulations, the fuel and air utilizations were
ept constant and the flow rates of fuel and air were varied
ccordingly, resulting in different rates of enthalpy supplied to
he cell (�Hfuel) from one fuel to the other. The power den-
ity appears to show a strong correlation with �Hfuel. One
hould be careful, however, not to conclude too quickly that
he higher the concentration of H2 and CO in the syngas, the
igher �Hfuel and thus the higher the power density at con-
tant fuel and air utilization factors. Although this is true for
uels F2, F3 and F4, it is not the case for F5. F5 has similar
oncentrations of H2 and CO as F3, and lower concentrations
f these two gases than F4; yet, because its flow rate is larger
han for F3 and F4, �Hfuel for F5 is actually higher, leading
o a higher power density. An important difference between F5
nd the other syngas fuels is that it is the only fuel for which
he water gas shift reaction will occur spontaneously in the for-
ard direction. The reaction quotients [PCO2PH2/(PCOPH2O)]

or F2, F3 and F4 are well above the equilibrium constant
t 870 ◦C and thus the reverse water gas shift reaction will
ccur spontaneously. The negative effect of the reverse water
as shift reaction is two-fold in the present simulation: (1) it
educes the reversible cell voltage compared to what would be
btained if it did not occur and (2) it consumes H2 and pro-

uces CO. Since the simulations were performed at constant
uel utilization factor and since the rate of CO electrochemi-
al oxidation is two to three times less than that of H2 [13,33],
he reverse WGS reaction leads to a decrease in power den-
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Fig. 4. Temperature fields for the base case model using Fl composed of humidified H2 (a) and various synthesis gases F2 (b), F3 (c), F4 (d) and F5 (e) as fuel
sources. Their compositions are given in Table 4.
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before dramatically increasing from ∼0.03 to ∼0.08 W cm−2

over the final 0.05 m of the cell.
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ity compared to what would be obtained in the absence of this
eaction.

Since this study focuses only on a single tubular cell, the
hermal efficiency presented is based on the enthalpy of the
uel stream at the cell inlet temperature (870 ◦C). Therefore, the
eported efficiency does not take into account any pre-heating
f the fuel to 870 ◦C and air to 600 ◦C. It does, however, con-
ider heating of air as it flows through the pre-heating tube. The
hermal efficiency here simply represents the fraction of energy
upplied at the fuel inlet that is converted into electricity. Table 5
hows that the variation in the thermal efficiency for the syngas
uels (F2 to F5) has the opposite trend to that of �Hfuel and
he power density. The cell efficiency using the F2 fuel is much
igher than those obtained using the other synthesis gases (F3
o F5). As shown in Table 5, the thermal efficiency is reduced
rom 46.5 to 39.9%, when the synthesis gas is changed from
2 to F3. When replacing F2 by F3, both �Hfuel and the power
ensity increase, but the increase in �Hfuel (30% increase) is
reater than that of the power density (12% increase), resulting
n a decrease in thermal efficiency (see Eq. (13)). The observa-
ion that the relative increase in �Hfuel is greater than that of
he power density appears to hold for all syngas fuels. Note that
his is valid only for the syngas compositions considered in the
resent study. For humidified hydrogen (fuel Fl), both the power
ensity and the thermal efficiency are greater than that of any of
he syngas fuels.

Finally, analysis of the results for the two biomass-derived
yngas fuels (F3 and F4), shows that the power density for
xygen-blown gasification (F4) increases by only 3% compared
o that for the air-blown gasifier (F3). The difference in cell
hermal efficiency is also less than 3%. Considering these small
ifferences, it seems that air-blown gasification is adequate if
he syngas is to be used in an SOFC. Note, however, that the
ow rate required for the oxygen-blown syngas to achieve the

arget air and fuel utilization is only slightly more than half that
f the air-blown gas.

.2.3. Temperature distribution
Fig. 4 shows the temperature fields within the tubular

ell using humidified H2 and the various synthesis gases as
uel sources. Not surprisingly, the temperature dramatically
ncreases as the air enters and makes its way through the air-
reheating tube due to the large amount of heat transferred from
he cell structure to the incoming fresh air. In each case, the cell
emperature is at a maximum in the vicinity of the centre of the
ell.

A comparison of the temperature profiles obtained for humid-
fied H2 to those for the synthesis gases shows that the maximum
ell temperature for the former case is ∼130 ◦C greater than
or the others due to the higher thermal energy yield. Although
peration at a higher temperature may have some potential
dvantages for cell performance, it also poses the risk of dam-

ging the fuel cell due to the high temperature gradients that can
e generated. This implies that an important advantage of using
ynthesis gases to power a TSOFC is better heat management
nd possibly more stable cell operation.

F
o

r = rAC) to the wall surface of the air-preheating tube along the axial direction.
he zero on the x-axis of this figure represents the origin taken at z = LAPT.

Fig. 5 shows the variation in the rate of heat radiated from the
athode surface to the wall surface of the air pre-heating tube
or cells operating with gases Fl–F5. The rate of heat radiation
s much greater for Fl than for the other gas streams because
umidified H2 electrochemically generates a higher amount of
eat than synthesis gas. As shown in Fig. 5, radiative heat is trans-
erred back from the air-preheating tube to the cathode surface
nd so has a small negative value (∼−0.01 W cm−2) near the
uel inlet at z = 0 since the temperature of the air-preheating tube
s slightly greater than that at the cathode surface at this point
ithin the cell. As one moves away from the fuel inlet, the rates
f heat radiation increase until a location of z ∼ 0.30 m is reached
n the case of Fl and z ∼ 0.2 m is reached for F2–F5. Thereafter,
he radiation rate in the case of humidified H2 decreases slightly
rom ∼0.07 to ∼0.055 W cm−2 before dramatically increasing
rom ∼0.055 to ∼0.14 W cm−2 from z ∼ 0.45 to z = 0.5 m due
o the large amount of heat radiated to the incoming fresh air.
n contrast, the radiation rates in the case of the synthesis gases
emain uniform at ∼0.02 W cm−2 from z ∼ 0.2 to z ∼ 0.45 m
ig. 6. Distributions of the reversible cell voltages along the cell length for
peration with humidified H2 and synthesis gases.
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atures in the case of the synthesis gases are lower than when
ig. 7. Distribution of current density along the cell length for operation with
umidified H2 and the synthesis gases.

.2.4. Distributions of reversible cell voltage, overpotential
nd current density

Fig. 6 illustrates the distributions of the reversible cell volt-
ges (E0) along the axial direction for humidified H2 and the
ynthesis gases. It is important to note here that E0 for the case
f synthesis gas is determined by averaging E0

CO and E0
H2

. E0

or the case of humidified H2 is higher than those attained in the
resence of the synthesis gases at the fuel inlet region because
f higher reactant (or fuel) concentration (H2 is the only reactant
or the case of F1 while a H2/CO mixture is the reactant for the
ase of F2 to F5). Further along the axial direction, E0 in the case
f humidified H2 decreases until it becomes lower than that of
he synthesis gases at z ∼ 0.4 m because of the depletion of fuel
nd oxidant. Although the fuel temperature decreases at the fuel
utlet (see Fig. 4) which should enhance E0, it still continues
o decline in this region because the effect of fuel and oxidant
epletion on E0 in this case is stronger than that of temperature
eduction. The trend in the case of synthesis gases is similar in
hat E0 decreases over the region from z = 0 to z ∼ 0.3 m before
tabilizing at a constant value near the fuel outlet. It seems that
he influence of fuel and oxidant depletion that causes a reduc-
ion in E0 is counterbalanced by an increase in E0 due to lower
emperature. Fig. 7 displays the distributions of current densities
long the cell length for humidified H2 and the synthesis gases.
n most cases, the current density increases as one moves away
rom the fuel inlet and reaches a maximum before decreasing
s the outlet is approached. The high fuel concentration at the
nlet results in a high reaction rate in this portion of the cell.
he current density continues to increase further along the cell

ength although the fuel concentration begins to decrease due to
he increase in the local cell temperature (Fig. 4). Thus, the posi-
ion of maximum current density is located further downstream
han the position of maximum fuel concentration. Beyond this
oint, the current density starts to decrease while the local tem-
erature is still increasing since the influence of fuel depletion

ow becomes dominant.

The distributions of the cathodic and anodic overpotentials
long the cell length are shown in Fig. 8. It is clearly seen that

h
r
t

ig. 8. Distributions of cathodic (a) and anode (b) overpotential along the cell
ength operation with humidified H2 and synthesis gases.

he magnitude of the cathodic overpotential is larger than that
f the anodic overpotential. This is due to the inherently slower
inetics of the cathodic reaction than that of the anodic reactions.
urthermore, O2 must diffuse through the thick porous cathode

o reach the active sites at the cathode/electrolyte interface. The
esulting depletion of O2 at the active sites also tends to increase
he overpotential.

From Fig. 8a, the cathodic overpotential in the case of
umidified H2 decreases slightly over the region from z = 0 to
∼ 0.15 m, but then decreases more rapidly toward the fuel out-

et (z = 0.5 m). In the fuel inlet region, the increase in the cathodic
verpotential due to the increase in current density is compen-
ated by the decrease in the cathodic overpotential due to the
oncomitant increase in temperature (see Fig. 4). However, over
he remainder of the cell, the steep reduction of the cathodic
verpotential is mainly caused by the decrease in current density.

When a synthesis gas is used, the cathodic overpotential
ear the fuel inlet is similar to that obtained using humidified
2. However, toward the cell outlet, the cathodic overpotential

emains more or less constant in the case of the synthesis gases
nd higher than that for humidified H2 although the correspond-
ng current densities are similar to each other (see Fig. 7). This
rend can be explained by the fact that the outlet cell temper-
umidified H2 is used. Therefore, the effect of a decrease in cur-
ent density is compensated by the effect of the decrease in local
emperature.
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Fig. 9. Mole fractions of H2, H2O, CO and CO2 along the fuel pa

Fig. 8b shows that the anodic overpotentials decrease signifi-
antly over the first half of the cell length. Beyond this point, the
nodic overpotential for humidified H2 decreases slightly, but
ncreases slightly in the case of the synthesis gases for the same
easons as previously explained for the cathodic overpotential.
.2.5. Distributions of species concentrations
Fig. 9 plots the distributions of the species concentrations

long the cell length operating with gases F2 to F5. The species

o
o
s
t

ig. 10. Comparison of the reaction quotient and equilibrium constant for the water-g
ith synthesis gases F2 (a), F3 (b), F4 (c) and F5 (d).
operation with synthesis gases F2 (a), F3 (b), F4 (c) and F5 (d).

oncentrations change sharply at the fuel inlet region because
f the effect of the WGR adjusting them toward the equilibrium
alues based on the inlet compositions and fuel temperature.
hereafter, the H2 and CO concentrations decrease while those
f CO2 and H2O increase along the cell length due to the effect

f the electrochemical reactions. It is worth noting that the rate
f CO consumption is similar in magnitude to the rate of H2 con-
umption although the electrochemical oxidation of CO is about
wo to three times slower than that of H2 oxidation, as discussed

as shift reaction along approximately the first half of the fuel path for operation



3 l of Po

p
o
a
H
i
h
i

o
t
o
s
c
e
e
K
i
r
a
a
c
i
a
i
F
Q
q
o
t
i
f

F
r
g
v
o
o

4

s
p
w
[
u
h
g
r
t
l
p
p
t
t
(

h
t
b
t
t
a
t
d
t
i
f
t

g
o
t
(
o
t

l
o
s
e
s
r
e
w
c
l

A

R
s
C

R

98 R. Suwanwarangkul et al. / Journa

reviously [13,33]. The enhancement of the consumption rate
f CO arises due to the effect of the WGSR whereby CO can
lso react with H2O produced at the anode to form H2 and CO2.
2 so formed is utilized by the electrochemical reaction again

n the cycle. It is also observed that the rate of H2 oxidation is
igher than that of the WGR up to z ∼ 0.4 m, as reflected by the
ncrease in the molar fraction of H2O.

An important objective of this work is to assess the validity
f the common assumption that pseudo-equilibrium holds for
he water-gas shift reaction within the reactor. From knowledge
f the concentration of each species along the cell at the anode
ide (Fig. 9), the reaction quotient [Q = PCO2PH2/(PCO/PH2O)]
an be determined at each location. If the reaction quotient is
qual to the WGS equilibrium constant (Keq,WGS), then pseudo-
quilibrium has been reached. Comparison between Q and
eq,WGS along the cell length for each syngas fuel is shown

n Fig. 10. This figure shows that Q approaches Keq,WGS very
apidly (within 1 cm) in the case of fuel F2. Thus, it is safe to
ssume equilibrium of the water-gas shift reaction everywhere
long the fuel path for this fuel, which contains the lowest con-
entration of carbon oxides. For fuels F3 to F5, equilibrium
s reached approximately 25 cm past the fuel path entrance,
lthough the system is very close to equilibrium before this point
n the case of the two biomass-derived syngases F3 and F4. For
5, the only fuel with a composition causing the inlet value of
to be lower than Keq,WGS, the difference between the reaction

uotient and the equilibrium constant remains larger than for the
ther fuels, at least over the first 20 cm or so. This implies that
he assumption of equilibrium for the WGS reaction for this fuel
s not entirely valid, at least within a certain distance from the
uel inlet.

One should notice that the reaction quotient for F3, F4 and
5 along cell length is almost always lower than the equilib-
ium constant, even for the fuels for which the inlet Q was much
reater than Keq,WGS (F3 and F4). This is likely related to the pre-
ious observation that the rate of H2 oxidation is greater than that
f the WGS reaction. Indeed, this leads to a higher concentration
f water, thus lowering Q.

. Conclusions

A mechanistic model of TSOFC using synthesis gas as a fuel
ource has been successfully developed and validated. The cell
erformance and its behavior obtained from the present model
ere compared with those obtained from our previous model

19] for a cell operating with humidified H2. The model sim-
lations indicate that the cell performance for operation with
umidified H2 is superior to that obtainable with the synthesis
ases because higher average temperatures within the cell are
eached due to the higher energy content of humidified H2. For
he syngas fuels, the cell average temperatures are about 100 ◦C
ower than that of humidified hydrogen, resulting in lower tem-
erature gradients within the cell. All syngas simulations were

erformed for constant air and fuel utilization factors and thus
he fuel and air flow rates were adjusted accordingly leading
o different values for the rate of enthalpy in the fuel stream
�Hfuel). Both the power density and thermal efficiency defined

[

[

wer Sources 166 (2007) 386–399

ere as the fraction of the enthalpy rate of the fuel stream (inlet
emperature conditions) converted into electric power appear to
e closely related to �Hfuel. The power density rises and the
hermal efficiency declines with an increase in �Hfuel. Impor-
ant factors affecting �Hfuel are obviously the fuel composition
nd fuel flow rate, the latter being dependent on the fuel utiliza-
ion factor. Our simulation results showed that the highest power
ensity was achieved with a fuel with a composition favouring
he forward direction of the water-gas shift reaction at the fuel
nlet temperature. Lower power densities were achieved with
uels where the reverse water-gas shift reaction occurs. Again,
his applies for the case of constant fuel utilization factor.

The use of two biomass-derived syngas fuels was investi-
ated—one from air-blown gasification and the other from
xygen-blown gasification. The differences in power density and
hermal efficiency between these two syngas fuels were small
less than 3%). The only major difference was that the flow rate
f the oxygen-blown syngas was only slightly more than half
hat of the air-blown syngas to maintain 85% fuel utilization.

Finally, the results show that the assumption of WGS equi-
ibrium is valid for fuels containing small amounts of carbon
xides (fuel F2). When the fuel (F3 and F4) has a composition
uch that the inlet reaction quotient is greater than the WGS
quilibrium constant (i.e. the reverse WGS will initially occur
pontaneously), the system was found to rapidly reach equilib-
ium, although the reaction quotient remains slightly below the
quilibrium constant over the first half of the cell. In the case
here the reaction quotient is initially lower then the equilibrium

onstant (F5), the system deviates further from equilibrium, at
east over the first 20 cm of the fuel path.
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